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In the present contribution, a theoretical study of a multitubular fixed bed reactor for the ethane to
ethylene oxidative dehydrogenation reaction over a highly active and selective Ni-Nb-O mixed oxide
catalyst is presented. Two reactor designs are proposed and their performance is analyzed by means of a
mathematical model of the catalytic bed.

The results suggest that the reactor operation would be feasible, provided that high heat transfer area
per unit volume and low oxygen concentrations along the tube are maintained. A two-bed multitubular
reactor with intermediate air injection proved to be superior to a single-bed design. In fact, the two-
bed configuration offers higher ethylene production rates, due to the increased ethylene selectivity while
operation under lower oxygen partial pressures.

© 2008 Elsevier B.V. All rights reserved.

1. Introduction

Industrial ethylene production is nowadays mainly performed
by thermal steam cracking (pyrolysis) of naphtha or ethane. This
process is highly endothermic and requires elevated amounts of
energy. The most promising alternative to the conventional pro-
cess is the ethane oxidative dehydrogenation (ODH) to ethylene, in
the presence of a suitable catalyst [1]. The ODH reaction proceeds
via a triangular series/parallel reaction scheme with the undesired
complete combustions of both ethane and ethylene. The reactions
are irreversible and exothermic; therefore, no external heating is
required and no equilibrium limitations are observed. The system
of reactions is represented by

CoHg + 105 — CoHy + Hy0 (1)
CoHg + 20, — 2CO; + 3H,0 (2)
CyHy +30, — 2C0O;, +2H50 (3)

Ethane oxidative dehydrogenation has been studied over a wide
range of catalytic materials mostly based on reducible metal oxides

* Corresponding author at: Institut de Técniques Energétiques, Universitat
Politécnica de Catalunya, Diagonal 647, ed. ETSEIB, 08028 Barcelona,
Spain. Tel.: +34 93 4137498; fax: +34 93 4017149.
E-mail address: e.lopez@upc.edu (E. Lopez).

1385-8947/$ - see front matter © 2008 Elsevier B.V. All rights reserved.
doi:10.1016/j.cej.2008.08.029

[2-7]. Many of them present the required activity; however, the
majority exhibits low selectivity to the desired reaction at high
conversion levels (Eq. (1)). In a recent publication, Heracleous and
Lemonidou [8,9] reported the high potential of a new class of
catalytic materials based on nickel for the oxidative dehydrogena-
tion of ethane to ethylene. The developed bulk Ni-Nb-O mixed
nano-oxides exhibit both high activity at low reaction tempera-
ture and very high selectivity, resulting in an overall ethene yield
of 46% at 400°C. Detailed characterization of the nano-oxides on
a microscopic level linked the excellent catalytic behaviour to the
electronic and structural rearrangement induced by the incorpo-
ration of niobium cations in the NiO lattice. Considerable work on
the macroscopic level led to the development of a detailed kinetic
model, describing the catalytic behavior in a wide range of opera-
tional parameters.

As mentioned elsewhere [10-12], for such exothermic pro-
cesses, the control of the reaction temperature appears as a key
factor to maintain a good selectivity level; the generated heat has to
be efficiently removed from the catalyst bed. Therefore, the reactor
choice and its design acquire an outstanding importance.

Multitubular reactors are commonly used in industry to carry
out exothermic processes. Up to 30000 tubes of small diameter
are employed in order to minimize thermal radial gradients and
enhance the ratio between the heat-exchange area and the reaction
volume. The bundle of tubes is immersed in a shell through where
a proper coolant flows [10].
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Nomenclature

Ar tube cross-section, m?

Cp specific heat, kJ/(mol K)

dp particle equivalent diameter, m

dy tube diameter (internal), m

E activation energy, J/mol

f friction factor

F molar flowrate, kmol/s

kr reaction rate constant at reference conditions
(Tr =543 K), kmol/Kkgcat/s/Pa®™®

L tube length, m

m mass flowrate, kg/s

ngg number of baffles

[ number of tubes

P pressure, atm

r reaction rate, mol/(kgcat S)

R universal gas constant=_8.314]/(mol K)

S, St global and instantaneous selectivity, respectively
(see Egs. (10) and (11))

T temperature, °C (K for kinetic expression, Eq. (9))

Tr reference temperature for kinetic expression (Eq.
(9)).K

Us superficial velocity, m/s

U overall heat-transfer coefficient, kJ/(s m? K)

X conversion

y molar fraction

z axial coordinate, m

Subindex

0 inlet conditions

air intermediate air stream, Design Il

c coolant

cat catalyst

g process gas

HC hydrocarbon

i reaction number (Eqgs. (1)-(3))

inert filled with inert particles

j component number (six components)

L at bed exit

max maximum value

z at specific axial coordinate

Superindex

1 corresponding to bed 1

2 corresponding to bed 2

5atm  at 5atm of inlet pressure

10atm at 10 atm of inlet pressure

a; reaction order with respect to hydrocarbon

b; reaction order with respect to oxygen

Greek letters

AH heat of reaction, kJ/mol

AP pressure drop, atm/m

3 bed void fraction, (1 —m2,,)/m3

bed

0p, Bpmax Pparametric sensitivity, maximum axial value (see

l/j,'

PB

Eq.(12))
stoichiometric coefficient of componentjin reaction
i

bed density, kg,ctive cat/m3

bed

Although, as aforementioned, ethane oxidative dehydrogena-
tion has been studied widely over a wide range of catalytic
materials, there seems to be a lack of research on the engineering
aspects of the reaction for industrial implementation under realis-
tic reactor configuration and conditions. The majority of relevant
publications in literature refer to the oxidative dehydrogenation of
higher alkanes, such as propane and butane [13,14], while publica-
tions on ethane are, to our best knowledge, scarce [15].

In the present contribution, a theoretical study of a multitubular
fixed bed reactor for the ethane to ethylene oxidative dehydrogena-
tion reaction over a Ni-Nb-O mixed oxide catalyst is presented.
The performance of the ODH reactor is analyzed by means of a
mathematical model of the catalytic unit. The influence of several
operational and design variables, such as pressure, temperature,
coolant flowrate and catalyst geometry is discussed. An alternative
design comprising two catalytic beds in series with distributed oxy-
gen injection is presented to analyze the effect of the oxygen-feed
mode.

2. Mathematical model and reactor design considerations

A one-dimensional, pseudo-homogeneous, steady-state model
has been used to represent the ODH of ethane to ethylene in a wall-
cooled multitubular fixed-bed reactor. A first section of the tubes
was considered filled with inert particles, with the rest of the tubes
filled with the Ni-Nb-0 oxydehydrogenation catalyst. The coolant
was assumed to flow in the shell co-currently with the process gas.
By this configuration, the low-temperature incoming process gas
(mixture of ethane and air) is preheated up to the reaction tem-
perature at the expense of the coolant with enters the shell at
higher temperature. Inert particles are selected for the inlet sec-
tion instead of expensive catalyst particles as gas temperatures are
too low there to give appreciable reaction rates. Based on the oper-
ation with high total flowrates through the packed bed and the use
of tubes of small diameter (1”), axial mass and energy dispersions
were assumed to be negligible. The use of such low-diameter tubes
and high flowrates supports the assumption of 1D model avoiding
the occurrence of radial temperature profiles and assuring good
radial mixing (plug flow). Internal and external mass and energy
transport limitations were also not considered based on the use
of a washcoat with low thickness and high flowrates, respectively.
The reactor shell was assumed adiabatic. In addition to mass and
energy balances, the continuity equation was included in the model
to predict the pressure drop in the reactor. The friction factor f pro-
posed by Ergun was adopted [16]. The balances used to represent
the steady-state reactor behavior, along with the corresponding
initial conditions, are presented below.

Mass balances, processgas :

3

dF; .
T;:ntATpBZVUriv j=1,...,6 (4)
i=1

Energy balance, process gas :

3
neArps »_ril—AH;) — neAr(4/d)U(Tg - Te)

dTg _ i=1
6
> _Ficy
j=1

dz

Ty — T,
Energy balance, coolant : dTe _ nerdeU(Tg — T) (6)
dz McCp,
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Table 1

Kinetic parameters for reaction rate expressions, Eq. (9) [9]

Reaction (i) kg.i (kmol/kgcat/s/Pa®?) E; (J/mol) a; b;

1 4177 x 10-10 96180 0.520 0.213

2 1272 x 1013 76210 0.547 0.829

3 9.367 x 1011 98420 0.475 0.319
dpP u?

Pressure drop, processgas: —— =—f Pells (7)
dz dp

Initial conditions :

Atz=0 F=Fg, Tg=Tgo, Tc=Tco, P=Pp (8)

A Ni-Nb-0 mixed-oxide catalyst (NiggsNbg15) was used for the
oxidative dehydrogenation of ethane to ethylene, as reported by
Heracleous and Lemonidou [8,9]. A power-law-type expression as
shown by Eq. (9) was considered to model the reaction rates for
reactions (1)-(3) (used in Eqs. (4)and (5)). The ideal gas assumption
is considered to calculate the partial pressures from the correspon-
dent molar flows. Table 1 reports the corresponding parameters for
T (TR =543K, Dj in Pa) [9]

(9)

The catalyst particles were assumed to be 6 mm diameter spheres,
of the egg-shell-type. The washcoat covering the spheres, where the
active components are impregnated, was assumed to have a mean
thickness of 70 wm. A bulk void fraction of £=0.38 is consequent
with the modeled catalyst particles [16]. The use of washcoated
particles results in a low bed density of pp=50Kkgc/m3, favor-
ing the moderation of the heat generation rate per unit volume
and, consequently, achieving milder operating conditions. Addi-
tionally, and in order to analyze the influence of the catalyst
geometry on the pressure drop, hollow cylinders (Raschig-ring type)
of 6 mm x 6 mm x 2 mm were also modeled. In this scenario, a bed
void fraction of 0.48 was calculated, in agreement with literature
[17]. By adjusting the washcoat thickness of the hollow cylinders
(mean thickness of washcoat in Raschig-rigs of 60 pwm) to compen-
sate the increase in surface area, the above specified value for the
bed density of pg =50Kkgcac/m> was kept constant.

The guidelines suggested in Froment and Bischoff [16] were
adopted for the evaluation of the overall-heat-transfer coefficient
(U), where the value of the heat-transfer coefficient for the process
gas side was calculated by means of the equation of Calderbank and
Pogorski [18] and that corresponding to the coolant side by using
a correlation reported by Kern [19]. Molten salts were selected as
coolant (properties taken from [11]), based on their stability at the
operating temperature level of ~400 °C. Co-current flow operation
was assumed for the molten salts to avoid steady-state multiplicity
associated with heat feed-back and to obtain lower temperature
excursions, as reported elsewhere [12]. Baffles were considered

ri = ke, e~ (E/RO/T-1/Topg by
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placed in the shell to assure appropriate heat transfer coefficients
on the coolant side.

The global selectivity (Sg) is calculated as the ratio between the
amount of ethylene produced and the amount of ethane consumed,
from the reactor inlet up to the desired axial coordinate. This inte-
gral variable is of key importance in the ethane ODH process, as it
determines the global yield of the plant. The instantaneous selectiv-
ity (51), defined as the quotient of the local net ethylene production
rate and the net ethane consumption rate, represents the selectivity
pattern in a particular axial coordinate of the reactor. It is directly
related to the local operating conditions (concentrations, temper-
ature, pressure) and independent of the up-stream history. Both
selectivities (global and instantaneous, respectively) are calculated
using the following equations:

_ Feyn,z — Fopny 0

Sg = 10
¢ FcyHg,0 — FoyHg, 2 (10)
n-r
= 1
! -+ ( )

To simulate an industrial scale operation, a production of at least
100000 ton/year of ethylene was set. Furthermore, a maximum
allowable pressure drop of 0.3 atm/m was assumed to avoid cata-
lyst attrition and to provide enough robustness in case of moderate
plugging [20,11]. Therefore, two reactors in parallel are required to
satisfy both production rate and pressure drop constraints, each
with 10 000 tubes of 1” nominal diameter. The shell diameter was
calculated following the guidelines provided by Rose [11].

Different scenarios regarding the feed composition can be pro-
posed for the ethane-ODH process [10]. In the present contribution,
the feed is comprised of a large excess of ethane with a small
amount of air. This appears to be the simplest case as no air
separation is required to feed pure oxygen to the reactor, which
would result at first glance in higher investment costs. Unconverted
ethane, after separation from the other educts from the reactor, has
to be recycled to the reactor inlet. In addition, the reaction mixture
is out of the flammability limits. At any oxygen partial pressure
lower than the maximum one assumed for this working hypothesis,
safe operation out of the flammability limits is assured. A possible
drawback of this scenario could be the not-straightforward separa-
tion of the produced ethylene and the over sizing of the equipment
due to the nitrogen injected with the reaction air. The selected oper-
ating conditions lead always to complete oxygen conversion in the
catalytic bed.

Low inlet pressure values of around 5atm are proposed to
increase somehow the gas density and avoid prohibitive pres-
sure drops. This pressure level introduces another advantage: the
internal heat-transfer coefficient and, consequently, the value of U
increases [21]. Operation at higher pressures is not recommended
as ethylene selectivity deteriorates [9].

Alternatively to the proposed single-bed reactor design (Design
I), a two-bed multitubular reactor with intermediate air injection

coolant coolant intermediate
| \ air
ethang Hl— etrane IJ_ItI ——4
- —————y —- -0 i d
air fl—onta| EeEeem——=——r
1_’:| Fr air |—| Fr
z
0 b IO_’Z & L 412
Bed 1 Bed 2
DESIGNI DESIGNII

Fig. 1. Schematic representation of the modeled multitubular reactors.
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Fig. 2. Axial profiles for simulations of reference case (see Table 2), Design I. (a)
Ethane and oxygen conversions, global and instantaneous selectivities, (b) process
gas and coolant temperatures, and (c) ethane, oxygen and ethylene molar fractions,
reaction rates.

(Design II)is also studied to analyze the operation under lower oxy-
gen partial pressures to improve selectivity. Fig. 1 shows schematic
representations of the proposed designs.

3. Results and discussion

In Fig. 2a, ethane and oxygen conversions (xc,H, and xp,) and
both global and instantaneous selectivities (S and Sj, respec-
tively) are shown for a multitubular reactor with front air injection
(Design I). For this reference case, the main operative conditions
and design parameters are reported in Table 2. As observed, the
achieved ethane conversion is low (~19%) because of the high
excess of ethane. This may cause inconvenience to the separa-

Table 2
Operative conditions and design parameters for single-bed reactor simulations
(DesignI)

Y0,,0 0.1 Fgo 0.8333 kmol/s Linert 0.5m

INy.0 04 Ty 100°C d; 0.0266m

YC,Hg.0 0.5 Py 5atm ne 10000

¥€0,.0 0 Teo 367.5°C 0B 50 Kgactive cat/Mpeq
YH,0.0 0 me 300Kkg/s ngF 3

YCyHy,0 0 L 4m dp 0.006 m

tion units downstream the reactor due to the low ethylene/ethane
ratios. In addition, high ethane recycle flowrates are required. An
oxygen inlet molar fraction of 10% represents the maximum oxy-
gen content for this system. Higher oxygen amounts would lead
to a selectivity drop and generation of a pronounced hot spot.
In addition, the resulting reaction mixtures would be closer to
the flammability limits. The desired ethylene production rate of
50000tonc, y, /reactor/year is achieved via this design without vio-
lating the maximum allowable pressure drop, as also indicated in
Fig. 2a.

The corresponding axial temperature profiles for the process gas
(Tg) and the coolant (T¢) are presented in Fig. 2b. A smooth axial Tg
profile in the active catalyst zone is observed, with a maximum
value of 402 °C. The first 0.5 m of the reactor, where the inert par-
ticles are disposed, acts efficiently as preheater increasing the gas
temperature from 100 °C to the reaction temperature of ~350°C.
The coolant temperature drops in the preheating region, followed
by an increase in the reaction zone up to 20°C higher than the
inlet value. A relatively low coolant mass flowrate relative to the
heat evolved in the reaction is used, achieving a descend in the
maximum temperature of the process gas (“co-current effect”). The
necessary linear velocity of the coolant across the tube bundle to get
proper external heat transfer coefficients is assured through the use
of baffles in the shell [12]. It was also observed that the reactor per-
formance strongly depends on the value of the overall heat-transfer
coefficient (U). Therefore, its correct prediction proves to be a key
issue in this system.

Both global and instantaneous selectivities (Fig. 2a) show a
slight decrease with the axial coordinate due to the temperature
increase from 350 to around 400°C in the first 2/3 of the active
zone of the catalyst bed. The adjusted activation energies point
out that an intermediate temperature level of around 350 °C favors
the desired oxydehydrogenation reaction (Eq. (1)) [9]. Lower tem-
peratures deteriorate the selectivity enhancing ethane complete
combustion (Eq. (2)), while higher temperatures favor the ethylene
complete combustion (Eq. (3)). In the final zone of the catalytic
bed the oxygen depletion leads to an increase in the selectivities
(in particular, S; in the region where xo, — 1). Indeed, as reported
by Heracleous and Lemonidou [9], the reaction orders with respect
to oxygen for reactions (1)-(3), show that reaction 1 is favored by
lower oxygen concentrations (see Table 1). For the simulated condi-
tions, a very good global selectivity level is calculated for the entire
reactor, with an outlet S of around 0.81 (see Fig. 2a). As complete
recycle of unconverted ethane is assumed, the reactor global selec-
tivity is equal to the plant yield, and, consequently, the amount
of fresh ethane to be fed is determined. For this simulation sce-
nario, with a production of 51 677 ton/reactor/year of ethylene and
a plant yield of 0.81, a fresh ethane feed of 68 355 ton/reactor/year
is required.

Axial profiles for the reaction rates and the molar fractions of
oxygen, ethane and ethylene are presented in Fig. 2c. These profiles
agree well with the calculated values for S; reaction (1) shows much
higher rates than the other reactions. An additional design require-
ment for the ODH-reactor is to achieve complete oxygen conversion
at an axial coordinate close to the reactor end. An early oxygen
depletion has been reported to favor deactivation on most catalytic
systems [22]; conversely, the achievement of a non-complete oxy-
gen conversion scenario would not be convenient due to problems
in the separation units downstream the reactor and the coexistence
of oxygen and ethane in the recycle stream.

3.1. Effect of feed inlet pressure

Simulation of the ethane ODH single-bed reactor was also per-
formed at higher inlet pressures than the one reported for the
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Fig. 3. Global selectivity and process gas and coolant temperatures axial profiles for
inlet pressures of 5 atm (reference case) and 10 atm. Design I, other conditions as in
Table 2.

reference case (Pp =5 atm, see Table 2), in order to analyze the influ-
ence of this variable on the reactor performance. Fig. 3 presents a
comparison of the gas and coolant temperatures and the global
selectivities for inlet pressures of 5 and 10 atm. Higher operation
pressures accelerate the reaction rates as a consequence of the
increase in the reactants partial pressures. Therefore, lower inlet
coolant temperatures are required (in this case, T.o=335°C) to
moderate the heat generation rate and achieve smooth temper-
ature profiles; operation with T.o=367.5°C (as in Table 2) leads
to a pronounced hot spot (maximum Tg ~ 650 °C). Both global and
instantaneous selectivities deteriorate with the increase in pres-
sure; an outlet value for Sg of 0.77 leads to an ethylene production
of around 43 400 ton/year (84% of the reference case). The origin of
this decrease in ethylene selectivity at higher operating pressures
could be traced back to the kinetic parameters of the reaction rate
expressions. As shown in Table 1, the primary oxidation of ethane to
CO, has amuch higher oxygen reaction order (0.829) than the other
two reactions. Ethane reaction order on the other hand is compara-
ble for all three reactions. Therefore, the pressure increase favours
the total oxidation reaction and leads to the observed increase in the
CO, selectivity at the expense of ethylene production. A reduction
of the pressure drop from 0.275 atm/m for Pg =5 atm to 0.119 atm/m
for Py =10atm is calculated as a consequence of the increase in the
gas density. Although higher values of inlet (and operating) pres-
sure reduce the pressure drop and increase the value of the overall
heat-transfer coefficient (U), the operation at the lower allowable
inlet pressure (observing the maximum allowable pressure drop
constraint of 0.3 atm/m) is recommended as the increase in selec-
tivity maximizes the reactor ethylene productivity.

3.2. Effect of coolant flowrate and coolant inlet temperature

In this kind of processes, where high thermal effects are involved
and the performance of the reactor is greatly influenced by the
ability to remove the produced heat and control the reaction tem-
perature, the coolant flowrate and its temperature level represent
key variables of outstanding importance. Fig. 4 depicts graphi-
cally the influence of these variables on the reactor performance.
The coolant inlet temperature and the reactor sensitivity towards
changes on T, are plotted against the reciprocal of the coolant mass
flowrate, in order to reach total oxygen conversion at the same axial
coordinate as reported in Figs. 2 and 3 and using the design param-
eters and operating conditions already presented in Table 2. The
lower curve, representing the variation of the coolant inlet temper-
ature, shows a monotonous drop as the coolant flowrate decreases.
As shown in Fig. 2b, after an initial drop in the inert region, the
coolant recovers its formerly given heat in the catalytic region to
reach higher levels than the inlet value. If the flowrate increases, the
variation of its temperature along the reactor obviously decreases,

375 5
A
Te,o[°C] -4
* B, max A p,max
A A
A A A r3
370t ¢ = reference
% case L
2
To * e [/
* H
< m
365 T T T 0
0.0E+00 4.0E-07 8.0E-07 1.2E-06
1/mc[s/kg]

Fig.4. ¢ Effect of the coolant mass-flowrate on the inlet temperature of the coolant
required to reach complete oxygen conversion on the axial coordinate as presented
in Fig. 2a. A maximum axial sensitivity of the reactor (see Eq. (12)) as function of the
coolant flowrate. Design I, other conditions as in Table 2.

as also its mean temperature. Therefore, to reach total conversion
of oxygen at the same specified axial coordinate, the coolant inlet
temperature has to be increased.

The sensitivity of the reactor to changes on the coolant inlet
temperature can be approximated by means of the following
expression:

_dTy AT
P=dT.o ~ AT

To characterize the parametric sensitivity of each operating condi-
tion, the maximum value of the axial sensitivity profile given by
Eq. (12), Opmax. is selected. Opmax monotonously increases with
the reduction of the coolant mass flowrate (m.) because lower
mc values lead to lower overall heat transfer coefficients. For the
selected coolant mass flowrate of 300 kgo1ant/S (reference case), a
sensitivity of 3.5 is observed. This value represents an appropriate
compromise level: lower flows would lead to higher sensitivi-
ties and unstable reactor operation; conversely, higher coolant
flowrates would be not feasible as the pumping power to move
the molten salts through the shell would be excessive.

(12)

3.3. Effect of catalyst geometry

Operation with spherical washcoated pellets, although conven-
tional, causes a considerable pressure drop for the feed flowrates
required to achieve the specified rate of ethylene production. An
alterative in the pellet geometry and specifically, the use of wash-
coated hollow cylindrical pellets (raschig-ring type) is analyzed in
this section. The studied scenario would correspond to the case
of a change of the catalyst under use, i.e., the reactor dimensions
remain unaltered and the operating conditions are adjusted. Table 3
presents a comparison of the reactor performance when using
the two catalyst geometries. The main dimensions for these two
types are also included. The increase in the bed void fraction (&)
for the hollow cylinders induces an increase in the processed gas
flowrate without violation of the pressure drop constraint. This
flowrate increment leads to an increase in the ethylene production
rate of 46.5% compared to the reference case. The preheating of a
higher incoming feed flowrate (from its inlet temperature of 100°C
to the reaction temperature) requires, for the same coolant mass
flowrate, an increase of the coolant inlet temperature. The results
also demonstrate an appreciable increase of the maximum temper-
ature of the process gas due to the higher total amount of generated
heat and a higher coolant mean temperature. The pointed need of
increasing the coolant inlet temperature (and, consequently, the
mean gas temperature along the bed) could appear at first glance
as a disadvantage when changing to a Raschig-ring catalyst geome-
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Table 3
Influence of the catalyst geometry: comparison of performance (Design I)
Catalyst geometry e Fgo (kmol/s) Tep (°C) Tgmax (°C) CyHy productivity (ton/year) AP (atm/m)
Spheres o I5 mm 0.38 0.8333 367.5 402 51677 0.275

<+ 2 mm

“+—6mi
i
1.2083 428 75700 0.273

m
Hollow cylinders . I 6 mm 0.48

try. It is due to the scenario under evaluation which requires leaving
the reactor dimensions unchanged. In case that the reactor design
could be adapted to the use of this potentially much convenient
catalyst (i.e., changing the scenario to a “reactor design situation”)
then this adverse effect would be eliminated or at least strongly
attenuated.

3.4. Effect of distributed oxygen feed

Noticeable improvements are achieved when a design compris-
ing two catalyst beds in series with additional intermediate air
injection is considered (Design II, see Fig. 1). The coolant is assumed
to flow in series in the shells of the two beds, with the same mass
flowrate as in the reference case. The total catalyst mass is main-
tained constant as the one reported for the previous simulations
(equal number of tubes, Table 2), as also the length of the inert
region in Bed 1. The results presented in the present contribution

Mcapq, = 24800 ton/year

API=0.117 atm/m
450

Table 4
Operative conditions and design parameters for ODH-reactor simulations with two
beds in series with intermediate air injection (Design II)

Bed 1 Bed 2

Yoy0 0.0545 Fy 0.5729 kmol/s Fuir 0.2604 kmol/s
YN0 02182 Teg 375°C Mo 100°C
YC,Hg0 0.7273 nt 10000 ne 10000

¥c0,.0 0 L 2m i 2m

YH,0.0 0 Linert 0.5m Linert O0m

YCyH,0 0 Ngg 1 npg 1

Note: other data as reported in Table 2.

correspond to a non-optimized situation where both beds have the
same length and are fed with the same amount of oxygen per unit
catalyst mass and a total oxygen amount equal to the reference case.
More operating conditions and design parameters are reported in
Table 4.

m? iz, = 32400 ton/year
M4, = 57200 ton/year
AP? =0.290 atm/m

T[°C]

400 T,

350 4

2
X%02

Xcane

Bed 1

ethane

1 L=

3 +12= 4
2 [m] L'+ L

Bed 2

»: inert active catalyst active catalyst =)

frontal
air

intermediate
air (100°C)

Fig. 5. Ethane and oxygen conversions, global selectivity and temperature axial profiles for Beds 1 and 2. Design II, design parameters and operating conditions as in Table 4.
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Fig. 5 shows ethane and oxygen conversions, global selectiv-
ity and gas and coolant temperatures axial profiles for Design II.
Ethylene productivities and pressure drops for each bed are also
reported. The process gas temperature profile shows two notice-
able features: a beneficial cold-shot effect in the mixing point with
the colder intermediate air, and a more pronounced temperature
excursion in the second bed, product of the renewed oxygen par-
tial pressure. In both beds total oxygen conversion is reached near
the bed outlet. In this two-bed scenario, it is specially important
to assure total oxygen conversion in the first bed. If not, unreacted
oxygen would mix with the incoming intermediate oxygen giving
a too high oxygen partial pressure in the inlet of the second bed
that could lead to pronounced hot spot formation and decrease
of the outlet selectivity. With the introduction of Design II, with
its distributed oxygen feed facility, the per-pass ethane conversion
(including both beds) increases by ~1.6% (from 18.9% for Design I to
20.5% here). Similarly, the outlet global selectivity increases from
0.81 to 0.83. The decreased mean oxygen concentration enables an
increase in the fresh ethane feed to be processed of 8.3% without
violating the operating constraints (maximum temperature, maxi-
mum pressure drop). In the present system a complete separation
of the produced ethylene and the unconverted ethane in the out-
let stream of bed 2 is assumed (recycle contains no C;Hg; complete
global C; Hg conversion when balanced over both beds and recycle).
This assumption, added to the above reported increases of per-
pass ethane conversion, outlet global selectivity and ethane fresh
flowrate leads to an increase of the produced ethylene flowrate of
c.a. 10.6%. Additionally, a decrease of the recycle stream flowrate is
achieved.

The favourable results obtained with a distributed oxygen feed
are consistent with literature data. In a similar work performed by
Al-Sherehy et al. [23], where a simple model was used to simulate
ethane ODH over Mo-V-Nb in a fixed-bed reactor, a 30% increase
in the ethylene selectivity was observed when oxygen was dis-
tributed over 2000 injections points along the length of the reactor.
It has been reported in general that the distribution of oxygen feed
along the length of the reactor, either with the use of oxygen selec-
tive membranes or multiple injection, produces not only greater
selectivities with respect to conventional feed arrangements, but
also a safer operation with reduced formation of hot spots and a
lower probability of runaway [24-26]. The avoidance of hot spots
gives additional increments of selectivity by suppressing undesired
reactions that take place at high temperatures and helps to extend
catalyst life. The distribution of oxygen also allows a wider range of
operating conditions, as it is possible to operate at overall hydro-
carbon to oxygen ratios that would be within the explosive region
if the same composition was fed at the entrance of a conventional
fixed bed reactor, consistent with the results of the present work.
An optimization of Design II regarding the relative length of each
bed and the amount of oxygen fed is the subject of on-going work
and is expected to provide even more auspicious results. Investi-
gations will also be carried out to further investigate multipoint
oxygen injection and the distribution of oxygen via membranes.

4. Conclusions

The feasibility of carrying out the catalytic oxidative dehydro-
genation of ethane to ethylene in a large-scale multitubular reactor
has been analyzed. The results suggest that the reactor operation
would be feasible, provided that high heat transfer areas per unit
volume and low to moderate oxygen partial pressures are main-
tained. Egg-shell-type catalysts lead to a feasible operation through
the moderation of the heat generation rate. Although operation
with spherical catalyst pellets is realistic, the introduction of cat-
alyst geometries providing higher bed void fractions (e.g., hollow

cylinders) would lead to a minimization of the pressure drop and
would allow the processing of higher gas flowrates, leading con-
sequently to increased ethylene production rates. Low operation
pressures, a few bars over atmospheric, should be selected resulting
from a compromise between an increase in gas density to satisfy
both pressure drop and productivity constraints and the drop of
selectivity with the increase in pressure. The oxygen distribution
along the reactor axial coordinate has a positive impact on the reac-
tor performance due to an improvement in the selectivity based on
the operation with lower oxygen partial pressures. A membrane
reactor for the continuous axial feed of oxygen is currently under
study for the ODH of ethane to ethylene over Ni-based mixed oxide
catalysts.

Further studies should be carried out, aiming to analyze the
influence of the intraparticle mass-transfer limitations and the
importance of the temperature gradients along the radial coordi-
nate. A more extensive parametric sensitivity analysis should also
be performed to compare the different designs and determine the
best oxygen-feed policy. These studies are currently on going and
will be presented in future publications.
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